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I n t r o d u c t i o n
In recent years the determinations of phase equilibria at low temperatures and high pressures have been almost completely confined to binary and ternary systems. The only work so far reported on complex mixtures at low temperatures has been done by Ssakmin (1935) on coke-oven gas, mainly for reasons associated with the technical production of hydrogen-nitrogen mixtures for the synthesis of ammonia and with the recovery of olefines. No mention was made, however, of the details of the experimental methods, and the figures showing the mole percentage of gas condensed appear to be very doubtful at higher pressures. Since coke-oven gas is a by-product of the coke industry, if its constituents can be economically separated, they become available as a raw material for any processes in the chemical industry. It has been suggested by Egerton & Pearce (1945) and Egerton, Hall & Pearce (1946) th at coal gas, if properly treated by low-temperature methods, can also find a variety of applications, other than lighting and heating.
The present investigation on coal gas was, therefore, carried out at various pressures and over a range of temperatures from -104° C down to -196° C, in order to provide the fundamental data necessary for the design of liquefaction and separation plant. E x p e r i m e n t a l a p p a r a t u s a n d m e t h o d s
The experimental apparatus was a modification of th at used by Ruhemann (1939) to determine the phase equilibria in binary and ternary systems. The main difference in the design of the cryostat is illustrated by figure 1. In the present design, a small copper tube C, placed inside the tube B 2, was used in some of the preliminary experi ments to locate the liquid level in the cell E, and was connected by a union to the needle valve, V3 (see figure 2) . The position of C could be adjusted by moving it up and down through a stuffing box. In order th at the liquid in the cell may be con stantly stirred by the vapours bubbling through, the open ends of the eight fine copper capillaries extended downwards as close as possible to the conical base of the cell. In this way, not only was the liquid phase free from the development of any concentration heads, but also the vapours were prevented from being sucked out along with the liquid phase. These difficulties had been experienced by the former investigators in the original design of cryostat. The method for keeping the liquid in the cell is described below.
The spun brass cap H, through which the inlet A and the two outlet tubes B x and B 2 were soldered, was also fitted with: (a) a closed copper tube T for containing a copper-constantan thermocouple, ( b) an open tube L as the bath liquid, (c) an opening O for a stirrer when required, and (d) a connexion R leading to a gas-holder (or to a vacuum pump, if worked under reduced pressure). The whole cap could be connected to, or disconnected from, the system by means of unions. These connecting devices and the stuffing box could stand pressures well up to 100 atm. without leakage. Figure 2 shows the general arrangement of the apparatus. The procedure for conducting an experiment was generally the same as that described by Ruhemann, but, in view of some different operations involved, it is considered desirable to give a short account of the methods used.
The general procedure consisted in passing the gas mjxture, which was prepared and stored in a cylinder under pressure, through two or three steel towers in series filled with soda-lime and KOH pellets to scrub out C 02 and water vapour. When the three-way needle valve V5 was opened, the dry C 02-free mixture passed into the cell E, the latter being immersed in a cooling liquid of known temperature. The mixture separated into a liquid and a vapour phase at a constant pressure. The vapour was removed through the annular space between the tubes and C and through the valve I2. The liquid was removed through the valve as a gas at room temperature. By suitable manipulation of the glass-taps G2, G4, etc., the gas of either phase was passed first through the catharometer until a steady reading was indicated, and then into the sampling tube, S.
The following points in connexion with the methods described should be noted: (а) The catharometer arranged in this way for checking the constancy of com position could be used in the investigations of both binary and complex mixtures. (б) The glass flowmeters Fx and F2 were used only to indicate the con F igure 1. Details of cryostat.
of both phases, whereas the actual flow rates at different pressure heads were deter mined with the wetmeter M. The flowmeter Fx for liquid phase was designed to cover a flow range of coal gas from about 10 up to 200 c.c./min., while for vapour phase from about 40 up to 600 c.c./min. The flow rate of mixture through the cell E was kept as low as possible in every run, and, in general, the speed was confined below such a limit so as not to affect the establishment of equilibrium conditions. This limit had to be ascertained by experiments on the effect of changing the rate of gas flow and the depth of bath liquid, (c) For measuring the equilibrium pressure in the cell, two Bourdon gauges were used, one for low pressures (l .p .) and the other for high pressures (h .p .); both of them were calibrated with a pressure Phase equilibria for a complex mixture 343 B ourdon g a u g es
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balance. The l .p . gauge could be read within 0-1 atm., but if higher accuracy was required for equilibrium pressures below 2 atm., a mercury manometer could be temporarily connected to the valve VA. (d) For accurate temperature measurements, two copper-constantan thermocouples in series were inserted into the metal tube which was submerged in the bath liquid and was in close contact with the wall of the cell. The e.m.f. measurements were made with a Concentric Potentiometer (H. Tinsley and Co. Ltd.) to an accuracy of 2/iV ; the current in the circuit was frequently checked by means of a standard cell. The thermocouple was calibrated at the normal boiling-points of oxygen ( -183-0° C) and ethylene ( -103-9° C). As mentioned above, during the actual run a certain amount of liquid had to be kept in the cell in order to obtain reliable results. In the case of very low temperatures and high pressures, the mole percentage of gas condensed may be very high, and, if the liquid phase is removed at a rate of much less than the rate of condensation, the liquid phase, within the period of a run, can accumulate to an extent such as to cause a considerable entrainment in the vapour phase. On the other hand, if a very low percentage condensation occurs, while the liquid phase is removed a t a greater rate, the vapour phase can be easily sucked out with the liquid phase. I t is, therefore, of considerable importance to know the approximate percentage condensation before the actual run is started. This was determined as follows:
The cryostat was first filled with the desired cooling liquid by transferring it from the Dewar vessel, D, either under its own vapour pressure or under a slight pressure of the gas from which the bath liquid was prepared. The remaining liquid was kept in D, so that, upon closing the tube Q the steady flow of vapours from the vessel through the liquid in the cryostat acted as a stirrer. W ith the valves Vv and K, closed, the dry C 02-free gas mixture was admitted through V5 into the cell E until its pressure reached the desired value, and then, by suitably opening V3, the mixture was allowed to pass through the cell a t constant pressure. The vapour phase, flowing out through the tube C and V3, was passed through the flowmeter and then through either the catharometer to determine the constancy of com position, or the wetmeter for measuring the total rate of flow. The liquid phase gradually accumulated in the conical bottom of the cell, and, as soon as it touched the end of C, it was carried away by the vapour phase, thus causing an abrupt change in the catharometer readings. The inlet and outlet valves were not simultaneously closed. Vx was opened, so th at the liquid drained off as a gas through the flowmeter F1 and the wetmeter M. Thus, not only was the volume of gas from total vaporization obtained, but also the average flow rate of the liquid phase could be simultaneously determined. A blank run was carried out by first filling the cell with the gas mixture at the desired pressure and then measuring the volume of the mixture after expansion through Vv At very low temperatures, however, the less volatile components of the mixture solidified in the cell, and thus could not be drained off. In such cases it was necessary to remove the bath liquid from the cryostat after each run, in order to warm up the cell. This could be done by opening the tube Q to the air, closing all other exits from the bath, and allowing the vapour pressure built up to force the liquid out into D. From these measurements, the approximate mole perce the inlet mixture condensed a t a particular temperature and pressure could be calculated.
During an actual run, a similar procedure was adopted with the following modi fications. Before the valve Vx was opened to remove the liquid phase, a certain quantity of liquid was allowed to collect in the cell. This was done by passing the gas a t a controlled flow rate of vapour phase for a calculated time. The rate of removal of liquid phase was adjusted according to the predetermined percentage condensation by a careful regulation of Vv
Sampling and gas analysis
In sampling the vapour phase there was no difficulty at all, and the results obtained were generally reproducible. However, considerable difficulty was experienced in obtaining reproducible results for the liquid phase, when solid phase was formed at very low temperatures and when the percentage condensation was very low at higher temperatures and lower pressures. In such cases, several samples were collected over mercury at different times and under different conditions of operation for a particular temperature and pressure, so that an average value could be obtained. This was the main obstacle to progress, as more samples taken involved more laborious analyses.
All the samples were analyzed on a Bone-Newitt analysis apparatus. The olefines, oxygen and CO were consecutively absorbed with fuming sulphuric acid, potassium pyrogallate and ammoniacal Cu2Cl2 solutions respectively. The hydrogen and a little unabsorbed CO were determined by preferential combustion over CuO at 250 to 260° C, and the remaining methane and ethane by the usual explosion method.
In order to obtain consistent results, the volume of the samples taken and all the successive analytical operations involved were standardized. Blank runs were carried out, and the usual precautions necessary for this type of apparatus were taken. Oxygen-free nitrogen in appropriate amounts was introduced into the samples of high hydrogen content so as to standardize conditions and maintain accuracy in the determinations by the combustion method. Duplicate analyses of samples invariably agreed to within 0-3 % for most of the components, while the agreement for methane was about 0-5 %. This estimate of analytical error makes no allowance for the errors due to sampling or any other factors.
Preparation of bath liquids
So as to obtain a wide range of constant temperatures, the cooling agents used were: nitrogen, oxygen, methane and ethylene.
Liquid nitrogen and liquid oxygen can be obtained from a commercial air-separa tion plant, and hence need not be specially described. Liquid ethylene was prepared from pure ethylene gas by means of a simple device described by Ruhemann (1939) . Methane was obtained from natural gas in Heathfield, and contains some im purities, mainly C02 and nitrogen. As a large quantity of methane had to be liquefied for each run, it was found to be impracticable to purify this gas by liquefaction and fractional distillation on a laboratory scale. A modified apparatus designed by M. Pearce for liquefying large quantities of methane in this laboratory was therefore used. The impure gas was first passed through a scrubber filled with KOH pellets to remove C02 and water vapour, and then through a copper spiral immersed in liquid oxygen. Liquid methane issued from the other end of the spiral into a Dewar vessel, while a small quantity of unliquefied methane, together with the more volatile components such as nitrogen, was allowed to go to waste. Liquid methane so prepared was not quite pure, as all the less volatile impurities were not removed. However, during the period of a whole run, the temperature change of this liquid was found to be not more than 0-4° C; the actual normal boiling-point in this case was -160-6 + 0-2 instead of -161-5° C for pure methane.
The liquid oxygen and ethylene were found to be sufficiently pure, since they gave steady potentiometer readings; hence their normal boiling-points given in the literature could be used as fixed points in calibrating the thermocouple. Owing to a small oxygen content, the commercial liquid nitrogen was found to boil under atmospheric pressure at -195*5 + 0*15° C, i.e. about 0*3° C higher than the accepted value, -195*8° C for pure nitrogen. E x p e r i m e n t a l r e s u l t s
Preliminary work
In order to provide a test for the performance of the apparatus, a binary mixture, the methane-ethylene system, was used for preliminary experiments, so th at the results obtained could be compared with the available data.
Methane in this case was obtained from the liquefaction plant at Stoke, and was analyzed by exploding with oxygen to estimate the C 02 formed; its purity was found to be 98*5 + 0*5 mole percentage, the rest being probably ethane. The ethylene used was the same as that mentioned above. Different mixtures of the two components were prepared by taking each gas separately from high-pressure cylinders into a small cylinder; the approximate composition of each mixture was calculated by means of Dalton's law. As previously mentioned, the catharometer was used to determine the compositions of each phase during actual runs for the binary mixtures. Figure 3 shows the pressure-composition diagram obtained directly from the experimental data at -104° C. I t will be seen that, though the shape of this curve is generally the same as that already published by Guter, Newitt & Ruhemann (1940) , the liquid branch is nearly a straight line, and also the interval between the vapour and liquid branches is much wider. Furthermore, by extrapolating the liquid branch to the methane axis, the intersecting point indicates th at the saturated vapour pressure of methane at -104° C is 21-6 atm. This latter value is about 1*6 atm. lower than th at reported by Copson & Frohlich (1929) , but agrees satisfactorily with th at given in the International Critical Tables (1928) . The results obtained seemed to be generally reproducible within 0-5 %, and the equilibrium condition was also established.
Coal gas
The gas was drawn directly from the gas main into a gas-holder, compressed in a water-lubricated compressor and stored in a cylinder. Two different batches of this gas were prepared; the composition of gas samples of each batch, after passing Note. If the scrubbing agent is not replaced after a long usage, and if the gas is kept under pressure in the C 02 scrubber over a certain period of time, the com position of the gas is likely to change. For instance, in the case of coal-gas A, the composition was found to have changed after 2 weeks under the above conditions to the following mole percentage: CnH m, 3-6; 0 2, 0-6; CO, 9*0; H 2, 52-5; C2H6, 1*3; and CH4, 20*8. By comparing these values with the original composition, it is obvious th at only the mole percentage of CO decreased. This is most probably due to the reaction between CO and KOH, forming potassium formate, in the presence of moisture under high pressure.
The compositions of the equilibrium vapour and condensed phases from coal-gas A are given in table 1. Each value represents an average of two or more determinations. When the compositions of the two phases and of the inlet mixture are known, it is possible to calculate the mole percentage, L, of the mixture condensed, on a material balance for each component, by using the following relations,
where x, y and / represent the mole fractions of any component of the condensed phase, vapour phase and inlet mixture respectively. Table 2 shows the results of these calculations, and a plot in figure 4 represents the values obtained from the hydrogen balance. TLe results so calculated would be the same at any particular temperature and pressure, if all determinations could be perfectly carried out. However, the wide differences which have occurred in some cases between the calculated results are attributable to the following three factors: (1) When the concentrations of any one component, as expressed in the relations described above, tend to become equal, the calculated results will be affected to a greater degree by the analytical errors, and hence will show greater divergence from the real values. This effect is illustrated by most of the results at -104° C in I t may be noted that the result for hydrogen in table 2 appears in every case to be a mean value between the extremes. This can be explained by the following facts. As shown in table 1 the concentrations of hydrogen in both phases always differ from each other to a considerable degree, and also the solubility of hydrogen in the condensed phase is comparatively small even at high pressures; hence a calculated result from the hydrogen balance will not be affected to an appreciable extent by the experimental errors, even when some solids are formed in the condensed phase. In other words, the calculated results for hydrogen in table 2 represent the best values for percentage condensation of the gas mixture under investigation.
In the equation given above, when y and / are known from the accurate experi mental determinations, a value for L, the percentage condensation, can be assumed and the equation is then solved for
x. The correct value f error, when the sum of the mole fractions of the components in the condensed phase is equal to unity. The alternative way is to adjust the values of L for the components present in the condensed phase to agree as closely as possible with each other, so as to make Zx = 1*00. Table 3 shows the composition of the condensed phase at -183° C calculated by this method. I t is seen th at the values of L for all the com ponents are practically the same as that for hydrogen a t the same pressures, the small differences between these values being well within the limit of the analytical errors. The composition of the homogeneous condensed phase a t -195*5° C, calculated from the values for hydrogen in table 2 ( d) , is giv calculated composition with the experimental data, the minimum percentage of solid formed in the condensate a t the various pressures is estimated, and also shown in the same table. The total amount of solid actually formed was not known, since the amount of solid that dissolved in, and was drawn out with, the liquid phase could not be determined by the methods used. I t was found th at the amount of solid drawn out together with the liquid phase seemed to vary with the operating conditions. Thus, difficulties were experienced in sampling the condensed phase when solid was present; nevertheless, the data given in table 1 for the compositions of the condensed phase when solid was present represented average values of the determinations under various possible operating conditions. As shown in table 4, it is evident th at the percentage of solid present was small at 60 atm., but increased with decrease of pressure. For the condensed phase at -183° C the percentage of solid present at pressures below 60 atm. was considerably smaller than th at a t -195*5° C (about half), while above 60 atm. no solid phase seemed to be present, as indicated by a satisfactory agreement between the experimental data and the results calculated by the trial and error method in table 3. A few further points may be mentioned:
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(1) As shown in table 2, the results for CH4 are, in general, lower than those for hydrogen. This means that the experimental percentages of methane in the con densed phase are always higher than those calculated from the values for percentage condensation based on the hydrogen balance. The possible explanation of this fact seems that the analytical accuracy for the methane component in the mixtures of high methane content is not so high as that in the coal gas used, since in the former case the samples available for analysis were very much smaller. However, by reference to the results at -195-5° C shown in table 4, it will be seen th at the experi mental and calculated percentages of methane are nearly equal at the higher pres sures. From the indications of these experimental results and in view of the fact th at the melting-point of methane is given as -182-5° C, it seems probable that a variable and small amount of methane in the condensate also solidified with olefines and ethane a t -195-5° C.
(2) A study of the experimental results in table 1 (c) and shows th at the mole percentages of CO were, in general, considerably greater than the calculated results shown in tables 3 and 4 when the solid phase was present. A similar departure was observed with methane at low pressures. This is possibly due to a lack of homogeneity in the liquid phase so th at the concentrations of certain components, such as CO. were found to be much greater; whereas the concentrations of nitrogen obtained by difference were consequently reduced to relatively low values.
(3) The original oxygen content of all the gas mixtures analyzed was extremely small, and in practice was difficult to determine accurately by the method used. However, in the removal of any olefines present by fuming H 2S 04, and after the subsequent essential cleaning operations, the amount of oxygen was generally found to be 0-6 to 0-7 %. This increase in oxygen content was mainly due to the dissolved air evolved under reduced pressure from the dilute acid used for the cleaning operations. Coal-gas B was used in the initial equilibrium determinations at -183° C, mainly for developing the general technique. Data obtained from this mixture were mostly not consistent and accurate enough, so that only the composition of the vapour phase and the percentages of hydrogen of the condensed phase at various pressures are given in table 5. The values for percentage condensations calculated from the hydrogen balance are also included in this table and plotted in figure 4 for the purpose of comparison with those calculated on the same basis for coal-gas A. It is of interest to note that the mole percentages of all the components given in this table are practically the same as those from coal-gas A at the same pressures. The percentage condensation for coal-gas B is about 2-0 to 3-0 % lower than that for coal-gas A over the range of pressures studied; this difference is due to the hydrogen percentage of the former being about 2 % higher than th at of the latter. In the condensed phase, the mole percentages of CnH m and CO are lower than those from coal-gas A, while those of CH4 and C2H 6 are generally the same in both cases.
D i s c u s s i o n
In the complex mixture studied, the critical temperatures of the components present varied considerably from 32° down to -240° C. Since the lowest working temperature in this investigation was still far above the critical temperature of hydrogen, the latter gas was not liquefied at any pressure but it dissolved to a certain extent in the condensed phase. Hence the hydrogen concentration in the vapour phase could indicate to a close approximation the degree of removal of the conden sible components from the original mixture. In figure 5 are reproduced the pressurecomposition relationships of the hydrogen component in the vapour phase and also the solubility data of hydrogen in the condensed phase. The general trends of these isothermal curves for the vapour phase are strikingly similar to those in figure 4 showing the percentage condensation. Furthermore, for each isotherm there is a point above which the hydrogen concentration increases very slightly, and at higher pressures it even decreases with increasing pressure as shown by the isotherm at -183° C above 80 atm. I t would thus seem very probable that the isotherm at -195*5° C would show the same effect at higher pressures. The most obvious explanation of this effect is that the amount of hydrogen dissolved in the liquid phase at higher pressures is greater than the amount of CO and nitrogen condensed. A similar effect for binary systems has been observed by various investigators, the . H 2-CH4 system by Fastowsky & Gonikberg (1940) , and the H 2-CO and H 2-N2 systems by Verschoyle (1931) . In the condensed phase, the solubility of hydrogen increased with increase of pressure at constant temperatures, the isotherms being practically straight lines over the range of pressures studied. At higher pressures the solubility increased with increase of temperature, but at lower pressures it increased with decrease of tem perature. In this latter respect the present results differ from those observed by the investigators mentioned above, who found for the binary systems an increase of solubility with increase of temperature even at lower pressures, although in other respects their results show the same general effects.
As shown in table 1 at -183° C, the condensed phase consisted of a high pro portion of hydrocarbons, mainly CH4, and a fair amount of CO and nitrogen, hence the solubility of hydrogen in this complex mixture could be considered as the solubility in pure methane influenced by the solvent action of liquid CO and N2 in increasing the solubility. This view is justified when the results obtained by the investigators already mentioned are compared with the present experimental data at -183° C. The solubility of hydrogen in the complex mixture is seen to be greater than th a t in pure methane, but much less than th at in CO or N2, and the influence of CO and nitrogen upon the solubility becomes greater a t low pressures. At temperatures below -183° C the condensed phase contained more CO and N2 which would thus exert greater influence on the solubility of hydrogen. This is illustrated by the results in table 1 at -195*5 and -183° C. For instance, a t a pressure of 25 atm. the solubility of hydrogen a t -195-5° C was the same as th at a t -183° C, and at pressures below 25 atm. it was slightly greater than th at at -183° C, despite the fact th at in general the solubility decreases with decreasing temperature. At higher temperatures the condensed phase contained a much higher percentage of methane, and therefore the effect of CO and nitrogen upon the solubility of hydrogen would be smaller. A comparison between the following results obtained by Fastowsky & Gonikberg (1940) for the H 2-CH4 system at -163° C and the present data at -160-6° C above 40 atm. shows th at the difference between the solubilities in both cases is small. The greatest difference, as shown by the following table, occurs at 90 atm. and is possibly due to the presence of more CO and N2. As already mentioned, the p-x isotherms of the hydrogen compone phase indicate the degree of equilibrium condensation of gas mixtures, but at higher pressures these isotherms fail to show a slight increase of the percentage condensation with increasing pressure (for example, a t -183° C and 90 atm.). It is also of interest to show that the t-x isobars of the vapour phase can be used to interpolate the results at other temperatures. In figure 6 the t-x relationships for the hydrogen com ponent are derived from the p-x diagrams at the several pressures which are useful in the design of liquefaction and separation plant. By inspection of the trend of these curves, it is possible to interpolate the results up to -150° C with reasonable accuracy. From -150 to about -140° C, however, there seems to be a gradual change of the slopes of these curves, so that it is impossible to determine the com- Vol. 192. A. positions of the vapour phase by interpolation, owing to lack of sufficient experimental data above -150° C. At temperatures above -140° and below -104° C it would seem probable that a linear relationship exists between the temperature and com position at constant pressure, since these temperatures are above the critical temperatures of N2 and CO but still below those of the hydrocarbons. The hydrogen concentration of the condensed phase can be interpolated from the solubility curves in figure 5 , and the composition of the condensed phase at other temperatures can then be calculated by the method mentioned before. The prediction of the phase behaviour in complex systems similar to those studied is of industrial importance, not only in the consideration of the economical utiliza tion of coal gas itself but also in relation to the low-temperature treatm ent of cokeoven gas. In the petroleum industry, the so-called 'equilibrium constants' (Katz 1938; Buckley 1938; Sage & Lacey 1941) (the ratio of concentration of any com ponent in the vapour phase to its concentration in the liquid phase) have been used in the calculation of the compositions of the co-existing phases in complex hydro carbon systems. This is because extensive data on various hydrocarbon systems for binary, ternary and multi-component mixtures have been made available by a number of investigators, so th at it has been possible to correlate the values for the equilibrium constants of any particular component and to apply them to practical problems. In the case of the complex mixture studied, the problem is more involved. Since this mixture is composed of hydrocarbons as well as inorganic gases with a wide range of boiling-points, it would not be possible to expect such a mixture to form ideal solutions, and therefore, from the phase rule, the equilibrium constant for any component is not a function of pressure and temperature only, but is also dependent on other variables such as the relative amounts of each component present in the mixture. The experimental information obtained from coal-gas A and coal-gas B, though incomplete, besides indicating the general influences of pressure and temperature on the equilibrium constants of the volatile components present, also showed th at the values for the equilibrium constants of the CO com ponent from the former mixture were smaller than those from the latter, whereas the values for the hydrogen component were practically the same for both mixtures, i.e. in the case of CO there was a definite effect of composition on the equilibrium constants but not in the case of hydrogen. Owing to lack of experimental data on various compositions of the system studied, it is impossible at the present time to form any generalization, and therefore a different method of approach must be employed for predicting the phase behaviour of such complex mixtures.
Suppose the working temperature and pressure are such th at only olefines and ethane can be condensed out from the original gas; then the complex mixture would be reduced to a quaternary system, H 2-CO-N2-CH4. If methane were also condensed out, the mixture would be further reduced to a ternary system, H 2-CO-N2. Owing to the proximity of the critical points of CO and N2, the quaternary system can be considered as a ternary model, H 2-N2-CH4 or H 2-CO-CH4 system, so that it is possible to make use of the published equi librium diagrams of these ternary systems. On the assumption th at the condensed hydrocarbons would exert no influence on the other components which are present in the original gas, the mixture thus obtained could be considered to form the co-existing phases at the temperature and pressure in question. On the basis of these assumptions, the composition of the vapour phase for such a mixture was found from the published equilibrium diagrams.
In table 6 are shown some examples of the methods used for correlating the experimental vapour-phase data for coal-gas A with the values found from the equilibrium diagrams at the temperatures and pressures indicated. In column (3), ' new composition ', is given the composition of the gas mixture obtained, if olefines and ethane or if all hydrocarbons present could be condensed out from the original gas without influencing the other components present. The compositions of the vapour phase shown in column (4) are found from the published equilibrium diagrams, of the H 2-N2-CH4 system by Steckel & Zinn (1939) , and of the H 2-CO-N2 system by Ruhemann & Zinn (1937) . As previously described, hydrogen is very slightly soluble in liquid hydrocarbons under the experimental conditions employed, whereas the other components are condensible to various degrees; hence the experimental percentages of hydrogen in the vapour phase are invariably higher than those found from the equilibrium diagrams at the corresponding temperatures and pressures. The difference between these two values of the hydrogen concentrations indicates the influence of the condensed hydrocarbons upon other components present, and therefore can be taken as a correction factor. When this factor is subtracted from the total amount of the other components given in column (4), and the difference obtained is then apportioned according to their relative amounts, it will thus give the percentages of other components with a reasonable degree of accuracy. The results of these calculations are shown in column (6). I t will be observed from this table that, except for the first case (at 10 atm. and -165-4° C), the percentage of either CH4 or CO, thus correlated, is invariably higher by 0-2 to 0-5 % than its experimental value shown in column (5), and con sequently the percentage of N 2 becomes lower by the same amount. This can be explained by the fact that the critical temperature of either CH4 or CO is higher than th at of nitrogen, so th at both of the former components are more condensible than the latter under the influence of the condensed hydrocarbons. In the case of the H 2-*N2-CH4 system a t -165-4° C, the respective amounts of CO and N2 present may be estimated according to their proportion in the original gas. This method of correlation is fairly accurate over the range of lower pressures, but a t higher pressures the accuracy is not so satisfactory. This can be shown by comparing the experimental results a t -165-4° C with the correlated values as follows:
M o l e p e r c e n t a g e s o f CO a n d N2 a t -165-4° C I t is evident th a t above 25 atm. the correlated results fail to indicate the relative order of magnitude for the experimental data of the two components, though the difference between the two corresponding values for each component is still relatively small. This is probably due to the fact th at a t higher pressures CO becomes more condensible than N2, and therefore the proportion in mole percentage of these two components differs considerably from those a t lower pressures. In order to reproduce the experimental results more satisfactorily, it seems to be necessary to use a slightly modified method of estimating the respective amounts of these two components, probably by introducing into the calculation another correction factor based on their proportions in mole percentage from the experimental data a t various pressures. I t should be noted th at the compositions of the vapour phase a t -165-4° C given in column (5) are obtained by interpolation of the experimental data (see figure 6 ). Following the general method of correlation, the correction factors for other pressures up to 50 atm. at three different temperatures are obtained and plotted in figure 7, including those for low pressures shown in table 6. These factors, together with the published equilibrium diagrams already mentioned, will enable an estimate to be made of the composition of the vapour phase for any complex mixture similar to coal gas. In practical calculations, if the estimated results are further slightly corrected for effects such as described above, it is possible to increase the degree of accuracy of the predicted results. When the composition of the equilibrium vapour phase is known, the composition of the condensed phase can be calculated by the methods already described.
In the case of coal-gas B, if only hydrocarbons could be condensed out, the composition of the reduced system would be: H 2 = 70-8 %, N2 = 15-1 % and CO = 14-1 %. At -183° C and 20 atm. the composition of the vapour phase found from the published equilibrium diagram for such a system is: H 2 = 79'2 %, N2 = 11*3 % and CO = 9*5 %. These values are almost the same as those found from the same diagram in the case of coal-gas A as shown in column (4), table 6, although the composition of the reduced system indicated above differs by more than 2 % in the concentrations of H 2 and CO from th at of such system derived from coal-gas A. Thus, it explains the fact already observed th at a t -183° C the experi mental data on the composition of the vapour phase obtained from coal-gas B are practically the same as those from coal-gas A at the same pressures.
I t should be pointed out that, by an inspection of the vapour branch and the tie lines in the published equilibrium diagrams for the H 2-N2-CH4 system a t -183° C, the concentrations of CH4 present in the vapour phase at constant pressures above 10 atm. are very small and appear to be slightly affected by the wide variation of the amount of CH4 in the ternary mixture. In view of this fact, the present experi mental values for concentrations of CH4 in the vapour phase may be considered as constant quantities within the limit of experimental error for this class of complex mixtures. The experimental result reported by Ssakmin (1935) on coke-oven gas containing 25 % CH4 showed th at the concentration of methane in the vapour phase a t -185° C and 11 atm. was 1-0 %; this value agrees closely with present experi mental data for coal-gas A containing 20-5% CH4 at -183° C and a t the same pressure. Hence, in the calculations shown in table 6 (also in other instances), the small amount of CH4 is simply taken as a fixed quantity and treated as if it were a correction factor.
As an example of the practical application of the correction factors, coke-oven gas can serve as an illustration, since it will give a comparison of the result predicted with Ssakmin's data. In table 7 are indicated the methods used and the results obtained in each step of the procedure.
The agreement with Ssakmin's result is considered to be good, even in the case of CO, especially in view of the fact th at the degree of consistency between present experimental data and those by Ssakmin cannot be ascertained.
The experimental results for the vapour phase at -185° C obtained by Ssakmin from a different sample of coke-oven gas indicates th at in general the relative order of magnitude for each component is almost the same as th at of present experimental results. For instance, in the case of hydrogen, the curve shows a general trend similar to th at of the isotherm for -183° C (figure 5), though the ultimate values for hydrogen concentrations are about 2 % higher than those predicted. I t seems th at Ssakmin's data on coke-oven gas given in table 7 compare favourably with the present experimental data. With regard to the composition of the condensed phase, the solubility of hydrogen reported by Ssakmin is not only far greater than th at obtained in this investigation, but also much greater than th at in pure CO and N2, and therefore the mole percentage of gas condensed at -185° C continues to increase considerably with increasing pressure. This is entirely different from the present result at pressures greater than about 15 atm., as can be seen from figure 4. In order to utilize the experimental data for the design of plant, it may be necessary to study the significance of the plot for percentage condensation given in figure 4. These curves show clearly th at for each working temperature there is a limit above which it would appear that no benefit would be derived from an increase of the operating pressure. Also they indicate that if the working temperature is lowered, the operating pressure can be reduced, i.e. an increase of heat leakage will result in decreasing the power cost for compression of the gas for the separation of the same quantity of a certain constituent. The optimum temperature and pressure required vary with the nature of the constituent to be extracted, and can be chosen to give the best economy. This problem has been mentioned by Ssakmin in his research on the separation of coke-oven gas, and is more fully discussed by some investigators (Egerton et al. 1945 (Egerton et al. , 1946 in this Laboratory in connexion with the extraction of olefines and methane from coal gas.
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